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Abstract

In this study, a dynamic 2D model for a CFB combustor has been developed which integrates and simultaneously predicts the hydrodynamics,
heat transfer and combustion aspects. Hydrodynamic model used in this study has been developed in our previous studies. Simulation model
calculates the axial and radial distribution of voidage, velocity, particle size distribution, pressure drop, gas emissions and temperature at each
time interval for gas and solid phase both for dense bed and for riser. The model has been validated against the data from a pilot-scale 50 kW CFB
combustor and an industrial-scale 160 MW CFB combustor. A sensitivity analysis is carried out using the model to examine the effect of different
operational parameters and coal properties on bed temperature and the overall CO, NO, and SO, emissions from the combustor. As a result
of parametric study, it is observed that by increasing bed operational velocity or excess air ratio, bed temperature decreases and CO emission
increases. Bed operational velocity has a more significant effect on CO emission than to bed temperature. Another effect of increasing excess air
is the decrease of SO, and NO, emissions. However, NO, emission increases with the operational bed velocity while SO, emission decreases.

© 2007 Elsevier Masson SAS. All rights reserved.
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1. Introduction

The use of fluidized bed equipment has opened wide pos-
sibilities for ensuring reliable design and improving various
industrial technologies, such as: coal combustion, gasification
and drying. Operating either in the fast fluidization regime or in
the transported bed regime, the circulating fluidized bed (CFB)
riser reactor has many advantages over the conventional bub-
bling or turbulent fluidized bed reactors, such as the ability to
burn a wide variety of solid fuels with low pollutant emissions,
high combustion efficiency, having smaller combustor cross-
section, fewer feed points, good turndown and load capability.

The main goal of the modeling of CFB combustors is to con-
stitute a system that maximizes combustion efficiency, and min-
imizes operating and investment costs and air pollutant emis-
sions. It is also important to determine the effects of operational
parameters in CFB combustors via simulation study instead of
expensive and time-consuming experimental studies. Designing
of the CFB combustor is very important because of burning coal
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with high efficiency and within acceptable levels of gaseous
emissions. A good understanding of the combustion and pol-
lutant generating processes in the combustor can greatly avoid
costly upsets. The modeling has been dealt with in a number
of efforts by either 1D, 1.5D, 2D or 3D approaches. The pub-
lications in the literature about the CFB modeling may also be
subdivided into those that consider the hydrodynamic behavior
[1-10], and the others that investigate the combustion phenom-
ena [11-21].

Investigations about the CFB modeling that consider the hy-
drodynamic behavior have been carried out by many different
researchers in the literature. Harris and Davidson [1] classified
all models in three broad groups: Type I: models that predict
the axial variation of solids holdup, but not the radial one (sim-
ple axial solids distribution models) [2]. Type II: models that
predict the axial and the radial variation of solids holdup by as-
suming two or more phases, e.g., a core/annulus or clustering
approach (core/annulus models) [3]. Type III: models that em-
ploy fundamental equations of fluid dynamics to predict two
phase gas/solid flow. They are based on gas and solid phase
continuity equations, momentum balances and the appropriate
constitutive equations (CFD models) [4-8]. Models of type III
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Nomenclature
Ar Archimedes number
C gas concentration.................... kmol m—3
Ca/S  calcium to sulphur ratio
Cp drag coefficient
Cp specific heat of solids .............. kIkg ' K!
Cy specific heatof gas.............. kJ kmol ! K~
D beddiameter.................ccoiiiiiiin... m
Dy, Equivalent bubble diameter .................. m
Dy diffusivity coefficient for oxygen in
NITOZEN .« v et e m?s~!
d diameter ... m
dy particle diameter............ ... ... m
dpi particle dimension interval ................... m
dpnew particle diameter after fragmentation.......... m
dpold  particle diameter before fragmentation . ... .. .. m
EA excess air
f wall friction coefficient
G solid stress modulus..................... Nm™?
g GIAVILY ..ottt ms~?
Hy, combustor height................ ... ... . ... m
Hyot height of the bottom zone .................... m
Hypp  height above the bottom zone................. m
h overall bed to wall heat transfer
coefficient..................... ... Wm2K™!
he convection heat transfer coefficient for
clusters .......coooeiiiiiii., Wm2K™!
hq convection heat transfer coefficient for dispersed
phase.........ooiiiiiiiiiii Wm—2K™!
hye radiative heat transfer coefficient for
clusters ..., Wm2K™!
hrd radiative heat transfer coefficient for dispersed
phase.............iiiil Wm2K~!
h; height above the distributor .................. m
J mass transfer rate via density difference per unit
volume.............covviii.... kmolm—3s~!
k rate ConStant . .......covueenneennnennnn.. ms~!
ka attrition constant
kpe mass transfer coefficient.................... g1
ke char combustion reactionrate ............ kgs™!
ker kineticrate.............cooiiiiiiiinnn.. g1
ked diffusionrate............... ..., s7!
ky fragmentation coefficient
kg gas conduction heat transfer
coefficient...................... ... Wm~! K~!
kr TEACHON TAtE . . ..ottt ettt ie e g1
kyr volumetric reactionrate ............. kg m2s~!
M molecular weight..................... kgmol~!
m mass flowrate .......................... kgs™!
my feedrate...........................l kgh™!
N number of particles in each control volume
n gasflowrate .......................... mol s~!
P PIESSUIE . o oottt ettt Pa
Pace acceleration component of pressure drop
P(d) particle size distribution function
R reactionrate............. mols~!, mol cm 357!

R mass flow rate generated/consumed from chemical
processes per unit volume......... kmolm—3 s~
R"” total heat generated/consumed per unit
volume. ........oooviiiiiiniiie.. Wm™3
R, particle attritionrate..................... kgs™!
Ry, bedradius..............coiiiiiii m
Re Reynolds number
Ry Universal gas constant............ kJmol~! K~!
R, gasconstant ..................... kJ mol~! K~!
r radial distance from riser axis ................ m
Sc Schmidt number
S¢ Specific surface area of limestone
particles. ... m?kg~!
Sh Sherwood number
T (EMPETature. . ..o oottt tei et K
Tmean Mmean bed temperature .................ooo.... K
Uy superficial velocity ...................... ms™!
Uy minimum fluidization velocity ............ ms~!
u gas veloCity .. ..oveeiii ms™!
Vv volatile yield
Ve volume of gas per kg of fuel............ m3 kg~!
VM volatile matter fraction, kg volatile ... (kg char)™!
v particle velocity . ...t ms~!
W mass of particle ................... . ... kg
X char mass fraction, kg-char .. (kg-bed material) !
Xq weight fraction of particles after attrition at d;
interval
Xi weight fraction of particles at d,; interval
y mass fraction of gas species, kg-gas
SPECIES . ¢ v vttt (kg-gas) ™!
Zy Bed characteristic height..................... m
Z Distance from top of theriser ................ m
Zi Height of inflection point .................... m
Subscripts
b bed
c carbon
8 gas
Jj gas—solid species
mf minimum fluidization
p particle
s solid

Greek letters

NTEFRE O OR®

gas—solid friction coefficient

constant defined in Eq. (6)

thickness of annulus......................... m
void fraction

bubble volume fraction

mechanism factor

limestone reactivity

aS VISCOSILY « o vv vt kgm~!s™!
particledensity ............. ... ... kgm™3
shear stress. ..........coooeviiiinion.. Nm™?
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are the most general and can deal with different geometries, but
are numerically complex. Recently, van Wachem et al. [9] have
given a comparative analysis of CFD models.

Basu [10] presented a comprehensive review of combus-
tion of coal in CFBs. In that study coal combustion models are
grouped under three levels of details of sophistication: Level I:
The simplest model is 1D with plug flow reactor, where solids
are back-mixed [11-13]. The 1D models do not consider the
solid flow in the annular region of the riser, where temperature,
gas concentration and velocity can differ from that in the core,
in which an up-flowing dilute region is considered. Level II:
Core-annulus, 1.5D, with broad consideration of combustion
and other related processes [14—18]. Level III: 3D model based
on Navier—Stokes equation [19-21]. The model of Hyppa-
nen et al. [20], Tsuo et al. [21] used coarse grids and used
macroscopic averaging procedure for aggregate properties of
the cells. Some of the model parameters were evaluated by ex-
periments [20]. This practice based 3D model analysis on both
combustion and pollutant generation in a CFB [21].

In addition to these publications, numerous experimental
and theoretical studies about gaseous emissions in CFB com-
bustors are present in the literature [15,22-38]. Nitrogen oxides
are a major environmental pollutant resulting from combustion.
The reactions of nitrogen oxides with carbons or chars are of
current interest with regard to their possible role in reducing
NO, emissions from combustion systems. They also offer new
useful insights into the oxidation reactions of carbons, gen-
erally [22]. A large literature concerning these reactions has
developed, as evidenced in three reviews [23-25] and by the
recent publication of many papers in the area [26-36]. These
works have suggested considerable complexity in the mech-
anisms of NO, reduction and a large variability in reported
kinetics. There are two approaches to describe NO, emission
in CFB [32]. The first approach involves overall reaction (con-
sidering catalytic activity of CaO and char). The overall rate
constants are measured preferably under CFB conditions [33].
The other approach is more thorough, and is based on actual
chemical reactions whose rate constants can be taken from lit-
erature [34]. For CFB only 106 reactions with 28 species were
used to model the NO, emission. However, a detailed review
shows that all N-related reactions have not the same impor-
tance [35]. So instead of considering all N-related reactions,
one could use only the important reactions for the development
of a predictive procedure for the overall NO, emission from
a CFB combustor.

Circulating fluidized bed coal combustion with sorbent ad-
dition allows clean combustion of coals of different rank even
with high sulfur and ash contents. Numerous experimental and
theoretical studies about the sulfur retention in CFB combus-
tors are present in the literature [15,27,37,38]. Some models
have already been proposed for predicting the sulfur retention
in CFB combustor, but there are important differences between
their submodels, especially as far as the CFB hydrodynamics is
considered [15,27,37,38].

In the present study, a dynamic two-dimensional model for
a coal fired CFB combustor has been developed. Because coal
combustion in a CFB combustor directly is affected by its hy-

drodynamic parameters, both hydrodynamic and combustion
models are treated simultaneously to yield a predictive model
for the CFB combustor. Hydrodynamic model used in this study
has been developed in our previous studies [39,40]. Hydrody-
namic model considers the bottom zone in turbulent fluidization
regime as two-phase flow in detail which constitutes a major
difference from most of the previous studies in the literature and
the upper zone as having core-annulus solids flow structure. Hy-
drodynamic model calculates the axial and radial distribution of
voidage and velocity for gas and solid phase, pressure drop for
gas phase and solids volume fraction and particle size distribu-
tion for solid phase and has been validated against experimental
results obtained from various CFB test rigs at different size in
the literature. The model compares with experimental results
for void fraction, solids volume fraction, and particle velocity
along the bed height and bed radius and different bed opera-
tional parameters prove the model hydrodynamic structure vali-
dation axially and radially. Additionally inward solids mass flux
along the bed radius and pressure gradient along the bed height
is validated.

In the present study developed dynamic 2D model for a CFB
combustor integrates and simultaneously predicts the hydro-
dynamics, heat transfer and combustion aspects. Simulation
model calculates the axial and radial distribution of voidage,
velocity, particle size distribution, pressure drop, gas emissions
and temperature at each time interval for gas and solid phase
both for dense bed and for riser. The model has been validated
against the data from the 50 kW pilot CFB combustor using
Tuncbilek lignite at the Gazi University Heat Power Laboratory
and an industrial-scale 160 MW CFB combustor using Can lig-
nite at Can Power Plant, obtained during the commissioning
period [41,42]. A sensitivity analysis is carried out using the
model to examine the effect of different operational parame-
ters and coal properties on bed temperature and the overall CO,
NO, and SO, emissions from the combustor.

2. Model description

A very good appreciation of the combustion and pollu-
tant generating processes is needed for a reliable performance
prediction through modeling and can greatly avoid costly up-
sets. The present CFB combustor model can be divided into
three major parts: a sub-model of the gas—solid flow structure;
a reaction kinetic model for local combustion and a convec-
tion/dispersion model with reaction. The scheme of the CFB
used in the model is shown in Fig. 1.

2.1. Hydrodynamics structure

Hydrodynamics plays a crucial role in defining the perfor-
mance of CFBs. The flow structure of CFBs is known to exhibit
axial nonuniformities [12]. In order to characterize this behav-
ior, the riser is subdivided vertically into zones with different
properties. According to the axial solid volume concentration
profile, the riser is axially divided into two different zones: The
bottom zone and the upper zone. There are great differences
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Fig. 1. The scheme of the CFB.

in the hydrodynamics between the bottom zone and the upper
zone.

Svensson et al. [43], and Werther and Wein [44]’s experi-
mental studies report that the fluid-dynamical behavior of the
bottom zone is similar to that of bubbling fluidized beds. Fur-
thermore, the results of studies carried out by Leckner et al. [45]
and Montat et al. [46] imply that the combustion of coal, par-
ticles mixing and heat transfer in the dense bed dominate the
performances of CFB. This implies that, bottom zone should
be modeled in detail as two-phase flow. However, most of the
models in the literature do not completely take account of the
performance of the bottom zone, consider the bottom zone as
well-mixed distributed flow with constant voidage, and use gen-
erally lumped formulation [1-13,15-38]. In the present study,
bottom zone is modeled as two-phase flow which is subdivided
into a solid-free bubble phase and a solid-laden emulsion phase
[40,47]. The bubble rise velocity, the bubble size, the bubble
volume fraction and the suspension porosity is calculated by
Horio [48]. A single-phase back-flow cell model is used to rep-
resent the solid mixing in the bottom zone. Solids exchange,
between the bubble and the emulsion phases is a function of the
bubble diameter and varies along the axis of the riser and it is
considered in the model as follows [49]:
300 — &) Unyp
(I —&p)emg Dy
where Dy, is the bubble diameter predicted by a correlation es-
tablished by Mori and Wen [50]. In the model, gas interchange
coefficient is considered as follows [51]:

11

kbe,g = D_b (2)

ey

kbe,s =

In the model, the minimum fluidization velocity is obtained ac-
cording to Wen and Yu [52]:

Upp = (33.7% +0.0651Ar) %% — 33.7] (3)

L[
Cd,
where C is the gas mixture concentration in the control vol-
ume. Minimum fluidization voidage (&) is taken as 0.5 in the
model calculations [42]. Between the bottom zone and the riser
exit the upper zone is located. For the upper zone, core-annulus
flow structure is used [2]. Particles move upward in the core and
downward in the annulus. Thickness of the annulus varies ac-
cording to the bed height. § is given by Werther and Wein [44]
as

P N2/ fp 073
2 —055.-Re022( 2 S (4)
D D Hy

Smolders and Baeyens [2] proposed a model in which the bed
density was described as an exponential function of the bed
height. In this paper, the model proposed by is used:

& — Smf Z—7Z
=X 5
eSS 2) ®)
Solid volume fraction has an approximately parabolic form and
is considered as follows [53]:

€p B ST 2
where the value of 8’ falls in the range of 1.3 < 8/ < 1.9 and g’
increases with increasing superficial gas velocity and decreas-
ing riser diameter [53]. B’ value is taken as 1.3 in the model
calculations with which the best results are obtained [42].

The pressure drop through the bottom zone is equal to the
weight of the solids in this region and is considered only in
axial direction. In the upper zone, pressure drop due to the hy-
drostatic head of solids is considered in axial direction while
pressure drop due to solids acceleration is also considered in
axial and radial directions. Having determined the voidage and
velocity profiles of solids, in the model acceleration component
of pressure drop is calculated as follows:

1
VPie =2 pV (%)) (7)

The solids friction and gas friction components of pressure drop
are considered as boundary conditions in momentum equations
for solid and gas phases, respectively in the model. The solids
friction is defined as the frictional force between the solids and
the wall, while the gas friction is the frictional force between
the gas and the wall. Hydrodynamic model used in this study
has been developed in our previous studies [39,40]. The con-
servation of mass and momentum equations and the constitutive
relations used in the hydrodynamic model are given in Table 1.
Hydrodynamic model takes into account the axial and radial
distribution of voidage and velocity, for gas and solid phase,
pressure drop for gas phase and solids volume fraction and par-
ticle size distribution for solid phase. In order to determine the
validity of the hydrodynamic model, the model results are com-
pared with test results using the same input variables in the tests
as the simulation program input. Hydrodynamic model results
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Table 1
The conservation of mass and momentum equations for each phase and the constitutive relations
Gas phase Solid phase
Continuity equation
d(Cje;) . . ; ; d(pjep,i) . . ; ;
—dl‘ Zanei—anS,’-i-Rg,j-i-Jg,j 7‘” :ijep,i_ijsp,i+Rs,j+Js,j
in

out

(j = 05, CO, CO,, NO, NyO, Ny, HCN, CNO, NH3, H,0, SO,, CHy)

in out

(j = Char, Limestone, Bed material)

Momentum equation

d(Cue;)  3(Cuegju) a(pvep i) N d(pvep iv)
ot or ot or
d(Pe; o(trre; (78 (Trrey i 0(trz€p. i (G (e)e, i
__ (3r)_ (ar ) (321)_’3(”_1)) __ (arp,)_ (;Zp’)Jrﬁ(”—”)— ( (azp,;)
d(Cue;)  3(Cueju) 8(pvsp,,') N 8(pvsp,,'v)
ot 0z ot 0z
d(Pe; 0(tzz8 0(tzrei 0(Tzz6p.i 0(Tzrep.i (G i
_ (3; ) (rgzsl) B (r;re ) - __ (TZ;:]I,Z) B (fzajp,l) B v)— ( (;iap,z) T pgep
ou 2 ou  du . v 2 v dv .
Trr = 2;1,; - 5,14(5 + 6—Z> Ideal gas equation Trr = 2,145 - §u<§ + d_z) Solids stress modulus
_op 2, (0u O _L1r L L =0T o876e4543
T =21y 3“(az+ar> TR T T = 2 3“<3z+3r> GO =5q=5 =10
a a ) )
frz=Tzr=M<ZTZ 371:> Trz=72r=ll-(£ 87:’))
Gas—solid friction coefficient [14] Cp= % a1+ 0.15R32'687) Rep < 1000
p
3., Cei(l—g) 1 Cp=044 Rep, > 1000
p=3Cp—gg——lu—vl
4 8[265 dp
6 —0.05
| Model
5 £  Experiment (Particle velocity) 1
- _ _ _ ~0.04 _
2 Q Experiment (Solids volume fraction) o
£ 4 |
> o ©
5 3 —~0.03 L
3 £
2 i 3
> 2~ D=0.0762 m, H,=5.5 m, T=25C J0.028
S . dp=5.20E-4 m, U(=4.979 m/s i g
t Solids mass flux=24.9 kg/m?/s u—°>
o o Particle density=2620 kg/m3 -10.01
° ° i
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Fig. 2. Comparison of hydrodynamic model with Luo [54]’s experimental data.

are compared with experimental results obtained from various
CFB test rigs at different size in the literature. The model com-
pares with experimental results for void fraction, solids volume
fraction, and particle velocity along the bed height and bed ra-
dius and different bed operational parameters prove the model
hydrodynamic structure validation axially and radially. Addi-
tionally inward solids mass flux along the bed radius and pres-
sure gradient along the bed height is validated. Fig. 2 shows
the comparison of previous model’s results with Luo [54]’s ex-
perimental data as an example of earlier model validation for

the solids volume fraction and particle velocity values at mean
particle diameter of 520 um. The solids particles are entrained
up the column, against gravity, by the upflowing gas flow. The
radial profile is relatively flat in the core and solids volume frac-
tion increases sharply toward the wall in the annulus with the
highest solids volume fraction right at the wall. The coexistence
of a dense annulus and dilute core can be easily recognized.
Surrounding the core, there is an annular dense region near the
wall where particle concentration is higher and most particles
fall downwards. The non-uniform radial distribution of the lo-
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cal particles axial velocity is a major flow character in risers.
In the riser, the overall radial structure in terms of the parti-
cle velocity also shows a core-annulus style where the particles
move faster in the core, slower in the annulus with the highest
velocity at the centre. Normally, the local particle velocity de-
creases monotonically from the centre toward the wall as it is
clearly seen in Fig. 2. A more detailed study on developed hy-
drodynamic model of the previous studies can be found in the
literature [39,40].

2.2. Kinetic model

The char comprises mainly carbon, ash, nitrogen and sul-
phur. Above 750 °C, char oxidizes to gaseous products; CO,
CO3, SO, and NO;. In all the current steady state or dynamic
models in the literature, the assumption is made that coal is
volatilized in the bottom zone; the resultants stay within that
region and never enter the upper region [10,14,17]. As a result
of the experimental studies carried out using various types of
Turkish lignite, it is known that volatilization products enter the
upper region in fluid beds working at slower rates than CFBs
[55-57]. Experiments with CFBs give the same results. There-
fore the transition of these products should be taken into consid-
eration in modeling, depending on solid mixing. In the model,
volatiles are entering the combustor with the fed coal particles.
It is assumed that the volatiles are released in emulsion phase
in the bottom zone of the CFB combustor at a rate proportional
to the solid mixing rate. The degree of devolatilization and its
rate increase with increasing temperature [58]. Volatile yield is
estimated by the following empirical correlations in the model
given by Gregory and Littlejohn [59],

V=VM—A-B (8)
A=exp(26.41 —3.961 -InT + 1.15 - VM)/100 )
B=0.2- (VM —0.109) (10)

The composition of the products of devolatilization in weight
fractions is estimated from the following correlations [60]:

CH4 =0.201 — 0.469 - VM + 0.241 - VM? (11)
H> =0.157 — 0.868 - VM + 1.388 - VM?> (12)
CO, =0.135 — 0.900 - VM + 1.906 - VM (13)
CO = 0.428 — 2.653 - VM + 4.845 - VM? (14)
H0 = 0.409 — 2.389 - VM + 4.554 - VM (15)
Tar = —0.325 +7.279 - VM — 12.880 - VM?> (16)

The amount of volatile nitrogen and sulphur increases as a func-
tion of bed temperature and during devolatilization is expressed
as [61],

N=0.001-T — 0.6 (kg/kg coal) a7
S=0.001-T —0.06 (kg/kg coal) (18)
The combustor model takes into account the devolatilization
of coal, and subsequent combustion of volatiles followed by

residual char. The rates of burning of CHy, H, and CO are con-
sidered in the model as given in Table 2.

The char particles resulting from the devolatilization process
consist of the remaining carbon fraction (1 — X.) and ash only.
A char particle may take 1-10 s (depending upon the riser
height) to pass through the bed riser once. However, as the par-
ticle is likely to make many trips around the CFB loop, the
total residence time could be as much as 10000 s, depending
on the solid inventory, feed rate, coal size, etc. [33]. The to-
tal residence time of a char particle in the riser should exceed
its burn out time. If that does not happen, the residual part of
the char leaves the bed unburnt. Thus an adequate description
of the burning of char particles in the CFB is important. In the
model, the char combustion at each control volume is consid-
ered according to the reaction and its reaction rate which are
given in Table 2. Combustion of coal is depending on oxygen
presence in the bed. The mechanism factor, @ is equal to 1.0
for CO; transport from the surface, and is equal to 2.0 for CO
transport [51].

Understanding the mechanism of NO, formation is needed
to reduce NO, in the combustor. However, the mechanism of
NO, formation is complex. NO, formations in combustion
processes result from a combination of a thermal generation
process and fuel nitrogen oxidation. At very high temperatures,
thermal generation of NO, from the air nitrogen becomes very
important, while at low temperatures found in a CFB com-
bustor, the dominant source of NO, is fuel nitrogen oxidation
[23-25]. Typically, significant amounts of the fuel-nitrogen re-
main in the char after the devolatilization. The oxidation of this
char-nitrogen gives an important contribution to the total nitro-
gen oxide emissions from the combustor. The mechanism of
char-nitrogen oxidation to the products is very complex, and
includes not only several homogeneous and heterogeneous re-
actions but also mass transfer effects inside the pore system of
the char and in the boundary layer surrounding the particle [28].
In the present study, NO, reactions and reaction rates using in
the model are given in Table 2.

CFBs offer the possibility of removing the sulphur dioxide
during combustion by adding limestone (CaCQ3) directly to the
combustion chamber. Using such limestone directly with a fuel
inserted to the combustion chamber leads to highly efficient
desulphurization. During the combustion of coal, the sulphur in
it is oxidized to the pollutant, SO;,. Limestone (CaCO3) of the
bed materials calcine to CaO which reacts with SO, producing
CaSOy. Thus instead of leaving the combustor as a gaseous pol-
lutant sulphur is discharged as a solid residue [10]. In CFB com-
bustor the SO, generation and retention processes take place
simultaneously in the bed [64]. Table 2 shows the all reactions
and reaction rates used in the model.

The properties and size distribution of particles have signifi-
cant influence on the hydrodynamics and combustion behavior
in the CFB furnace [16]. The model also considers the particle
size distribution due to fuel particle fragmentation, char com-
bustion and particle attrition. In CFBs, fragmentation of coal
particles in a fluidized bed occur within a few seconds after
injection of the particles into the bed due to build-up of ther-
mal and devolatilization-induced stresses [65,66]. It may be as-
sumed that primary fragmentation occurs primarily in the zones
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Table 2
The reactions and reaction rates used in the model
Reaction Reaction rate
—1.4947 - 108
1 2 2 _ 2 1 _ kg
C+ 50— (2— 3)CO+ (5 —1)CO, Re =mdzkeCo, (B) kL-r_8710-exp( R T )(mzskpa)[73]
R.T/M; 12.Sh-&-D K
ko= — (D) d= S i)
[ker +1/keq 12 dp‘Rg‘T m=skfa
kod R
Sh:%:Za—i—O.@(%) Sel/3 115,17)
g
—6.699 - 107 175y P \'#®
co+1o CO Reo =3 - 1010 —orr Y 05 70 mol y rep
+ 502 » CO, co exp R T yCOyH2Ol+24-yoz R,T (35 [62]
2 mol 6 —29787
€O, 4+ C — 2CO Rco,c = NmdkCeo, (M) [10,14,51] k=4.1-10%xp( ——
CH4 + 20, > CO 4+ H,0 Ry, = kC8¢c07  (moly g3 k=1585.1010 —24157
4+ 302 > CO+Hy cHy =kCq, Cey, (5, [63] =1.585- exp T
2H, 4 05 — 2H,0 Ry, =kCo, CL5 (1oly [63] k=1.63-10°T S exp 3420
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close to the feed ports. The following expression is used as the
fragmentation of particles in the model [66]:

P(dpnew) = k3P P(dp o) With dppew =dp ok > (19)

where P (d) is the particle size distribution function; d new and
dp o1d are the particle diameters after fragmentation and before
fragmentation, respectively, ks the fragmentation coefficient.
Bellgardt et al. [66] suggest that the fragmentation constant k ¢
falls between 1 and 2 for a bubbling fluidized bed. Because
of the higher superficial gas velocity, fragmentation in a CFB
may have more pronounced effects on chemical reaction than
in a bubbling fluidized bed.

The bed material in the combustor consists of coal, inert par-
ticles and limestone. Particles in the model are divided into

10 size groups in the model. Particles in the bottom zone in-
clude particles coming from the solid feed and recirculated
particles from the separator. The proper size and distribution
of solid inventory influences the heat absorption and indirectly
the combustion and pollutant generation. Mean particle diame-
ter of different-sized particles is considered as follows:

=1/

" (20)
i=1" P!

While moving in the combustor, the char particle burns and un-
dergoes attrition. In the fluidized beds, particle attrition takes
place by surface abrasion, i.e. particles of a much smaller break
away from the original particle. The upper limit size of the fines
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produced is in the range 50-100 um [67,68]. The particle at-
trition rate differs significantly between the bottom zone and
the upper zone due to different hydrodynamic properties. In the
model, the attrition rate for the bottom zone is calculated as fol-
lows [68]:

Wp
R, :ka(UO_Umf)_ 21
dp
For the upper zone, attrition rate is defined in terms of gas and
solid velocities;

Ry =kq(u — v)% (22)
dp

where k, is the attrition constant and is obtained varying in the
range 2-7 x 1077 with a superficial gas velocity of 4-6 ms™!
and a circulating solids mass flux from 100 to 200 kgm—2s~!
[16]. In the model, the attrition constant value is taken as
2 x 1077 for the coal particles in the model calculations in both
bottom zone and upper zone [55,56]. After the combustion of
char, ash is the residual product which takes no part in the com-
bustion reaction. It can be assumed that only the ash layer is
worn out as the particle undergoes reactions following a dual
shrinking-core model. It is observed that a coarse ash particle
drained from the bottom of a CFB boiler has an unburnt car-
bon core wrapped by a spent ash layer. This indicates that only
the ash layer of such particles is gradually worn out by attrition
in the combustor [16]. In the model, the attrition constant value
is taken as 1.7 x 10~ for the attrition constant of the coal ash
particles [55,56]. In the model, Egs. (21) and (22) are used to
determine the attrition rate of limestone particles for the bottom
zone and the upper zone respectively.

Weight fraction of particles after attrition is considered as
follows:

kqo(u —v)

dpi

Coal particles’ behavior during the gas—solid reaction is as-
sumed to be described in terms of shrinking core with attiring
shell, i.e. the dual shrinking-core model. The rate at which par-
ticles of size r; shrink as follows [17]:
dri 12Co,

— = 24)
dr pXpi(1/ ke +dp,i/ShiDg)

(23)

a

r(ri) =

2.3. Heat transfer

The overall heat transfer coefficient from bed to wall at the
bottom section is given by Basu and Nag [69] as

h = 40(pop)"/? (25)

where pp, is the local bed density; pp, = p(1 —€) + Ce. In the
upper zone, based on the special hydrodynamics of the CFB
combustor, the cluster renewal model of the bed to the wall heat
transfer process has been described in the literature [10,63].
The dilute phase is comprised of a continuous upflowing gas
phase with thinly dispersed solids and a relatively denser phase
moving downward along the heat transfer surfaces. The clus-
ter renewal model which is used in the simulation is shown in
Fig. 3.

Heat transfer surface
Clusters moving
downwards

Fraction of wall
receiving heat
from clusters

Fraction of wall

receiving heat
from dispersed

phase

Fig. 3. Cluster renewal model.

If . is the average fraction of the wall area covered by the
clusters, the time-averaged total heat transfer coefficient, #;,
may be written as the sum of the convective and radiative heat
transfer coefficients [68—70]:

hy =¢gche + 1- gc)ha' +echpe + - €c)hrd (26)

The energy equation for each control volume is considered as
follows:

a 0 d o7,
CEijg — MCE,’CUE — MCEija_Z + IOEPJC[??

aT, oT,
— M,OEpinpW — upsp’icpa—z

R+ o[ (2 2+ du'\? +1 8u+8u 2

_ e ou ou L(ouw  ou

Hei or 3z 3\or " oz
e ol (2 2+ 8v2+1 8v+8v2 on
Hei or 9z 3\or oz

3. Numerical solution

The model should be flexible enough in order to be used in
different applications of CFBs. The computer code should be
modular to allow users to update component modules easily as
new findings become available. The set of differential equations
governing mass, momentum and energy for the gas and solid
phases are solved using an IBM-PC-Pentium4 (CPU speed is
2800 MHz) with a computer code developed by the authors in
FORTRAN language where the time step is 107 seconds. In
these equations, the dependent variables are the vertical and
the horizontal components of the void fraction, the solid vol-
ume fraction, the gas pressure, the gas concentration, the ver-
tical and the horizontal velocity and temperature components
of the gas and solids. The Gauss—Seidel iteration which con-
tains successful relaxation method and combined Relaxation
Newton—Raphson methods are used for solution procedure. The
backward-difference method is used the discretization of the
governing equations (Table 1 and Eq. (15)).
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Fig. 4. Particle flux structure, control volumes in the upper zone and computational conditions in the CFB riser.

The simulation geometry of the control volumes is shown
in Fig. 4. The model allows dividing the calculation domain
into m X n control volumes, in the radial and the axial direc-
tions and in the core and the annulus regions respectively. In
this study the calculation domain is divided into 8 x 50 con-
trol volumes in the radial and the axial directions and in the
core and the annulus regions respectively. The control volumes
are chosen to be uniform in the axial direction, whereas non-
uniform control volumes are used in radial direction where the
smaller control volumes exist in the annulus region. This dif-
ference is increasing while bed height increases, because of the
thickness of annulus is very small when compared to the core
region and decreases with bed height. With the cylindrical sys-
tem of coordinates, a symmetry boundary condition is assumed
at the column axis.

At the walls, a partial slip condition is assumed for the solid
and the gas phases. In the model, the frictional force between
the gas and the wall is considered as follows:

{ Gas } _ 2fgz9Cu2

friction [ — dz (28)

where f, is wall friction factor of gas phase. Modified Hagen—
Poiseuille expression is used for wall friction factor of gas phase
in the model and is as follows [71]:

{ 16/Re,, Reg <2100
g =

0.0791/Re2?, 2100 < Re, < 100000 29)

The frictional force between the solids and the wall is consid-
ered as follows:

{ Solids } _ 2fs8,,,01)2

friction [ — dz 30)

where f; is wall friction factor of solid phase. Konno’s correla-
tion is used for wall friction factor of solid phase in the model
as follows [71]:

£, =0.0025 - v~} (31)

In the model, it is assumed that the particles move upward in
axially and move from core to the annulus region in radially.
In general, when a rigid particle strikes the wall it rebounds ei-
ther fully or partially. In the annulus region, it is assumed that
the particle has a zero normal velocity. Because of assuming
a partial slip condition for the solid phase, for the tangential di-
rection along the wall surface the particle velocity is determined
according to the results of momentum equation. Particles are
discretized into 10 groups totally. The particle size distribution
depends on fragmentation, combustion and attrition in the bed.
The particle size distribution for small-scale unit is shown in
Fig. 5. As mentioned above the Sauter mean diameter is adopted
as average particle size (Eq. (20)).

Inputs for the model are combustor dimensions and con-
struction specifications (insulation thickness and materials,
etc.), primary and secondary air flow rates; coal feed rate and
particle size distribution, coal properties, Ca/S ratio, limestone
particle size distribution, inlet air pressure and temperature,
ambient temperature and the superficial velocity. A continu-
ity condition is used for the gas phase at the top of the cyclone.
The cyclone is considered to have 98% collection efficiency.

4. Model validation

To validate the combustor model presented in this study, sim-
ulation results are compared with two different size CFB com-
bustor, which use different kinds of Turkish Lignite, the 50 kW
pilot CFB combustor using Tuncbilek lignite at the Gazi Uni-
versity Heat Power Laboratory and an industrial-scale 160 MW
CFB combustor using Can lignite at Can Power Plant, obtained
during the commissioning period [41,42].

Firstly, simulation results are compared with test results ob-
tained from 50 kW laboratory scale test unit of 12.5 cm i.d.,
180 cm tall main column (riser). The riser of 0.31 m outer diam-
eter was made of stainless steel and was insulated from inside
with insulation material (fire bricks) down to the diameter of
0.125 m. The combustion air is supplied through the distributor
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Fig. 5. Particle size distribution.

(primary air) by a blower of capacity with 1000 m3/h (7.5 hp),
and the secondary air inlets are located at 0.4 m above the dis-
tributor, two high efficiency cyclones in series, a re-circulation
bed, fuel feeding and ash discharging systems and a flue gas
analysis system [41]. A more detailed description of the exper-
imental apparatus is given elsewhere [72]. Silica sand and ash
were used as bed materials. The weighted average particle sizes
in the experimental setup are determined to be 0.56 mm for sand
particles.

In the experiments, in order to measure the gas concentra-
tions along the bed height, multi channel gas sampling system
was used. The combustor column is equipped with gas con-
centration measurement probes located at the combustor wall
radially and at the height 0.2 m from the distributor plate and
at 7 other regularly set heights 0.2 m distanced from each other
axially to obtain the differential gas concentration profiles [41].
The analysis of the flue gas is carried out on the gas stream exit-
ing from the secondary cyclone. After the gas is passed through
a filtering system, O, CO, CO,, NO, and SO, concentrations
are measured; O is analyzed by a paramagnetic analyzer (sen-
sitivity +1%), CO and CO; by NDIR (nondispersive infrared)
analyzer (sensitivity £1%), SO, by NDUV (nondispersive ul-
traviolet) analyzer (sensitivity &2 ppm) and NO, by chemilu-
minescence analyzer (sensitivity =1 ppm). The pressure drops
in the distributor and in the bed are measured with manome-
ters. The considered parameters and computation conditions are
given in Table 3, including data from Topal [41] that are intro-
duced to validate the simulation. The design fuel for the bed
is low grade coal (Tuncbilek Lignite) and the compositions of
coal used in experimental data are given in Table 4. The model
predictions and experimental results are shown in Figs. 6-10.

Fig. 6 shows the measured and predicted oxygen and car-
bon dioxide mole ratios and sulphur dioxide emissions response
in flue gases. The presented model considers the axial and ra-
dial distribution of voidage, velocity; particle size distribution,
pressure drop; gas emissions and temperature for gas and solid

Table 3

7.0 8.0

Operating parameters of the experimental data referred to in this study

Operating parameters

Pilot scale
combustor [41]

Industrial scale
combustor [42]

Coal feed rate (range) 6-7.7kg h~! 110-120 tonsh ™!
Operation velocity (range) 3.60-9.23 ms~! 4-6ms~!
Bed temperature 860-900°C 850-900°C
Primary/secondary air ratio 2/3 2/3
Bed area 0.0122 m? 57.38 m?
Size of coal feed (range) 0.03-0.9 mm 0.1-9.0 mm
Mean size of sorbent feed 0.071 mm 0.1-0.15 mm
Table 4
Coal properties
Tuncbilek Can
lignite lignite
Carbon (wt%, dry) 59.29 66.10
Hydrogen (wt%, dry) 4.61 5.50
Nitrogen (wt%, dry) 2.10 2.25
Sulphur (wt%, dry) 1.81 8.40
Vol. mat. (Wt%, dry) 24.30 25.50
Ash (Wt%, dry) 20.60 30.40
Moisture (%) 20.80 21.40
Hu (kTkg™1) 22083.15 11704.00

phase for the bottom zone and the upper zone in detail and
the simulated results are in good agreement with experimental
ones. Since CFB under consideration is a small-scale CFB com-
bustor, combustor reaches its steady-state conditions in a short
time (in less than a few seconds) and, a significant deviation in
the measured and predicted values has not been observed as the
time interval increases.

To test and validate the model presented in this paper, also
the molar ratio of oxygen, carbon monoxide, sulphur dioxide
and NO, emissions are compared using the same input vari-
ables in the tests as the simulation program input. Detailed
listing of the model input variables are given in Table 5. The
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measurements used in the comparison are derived from com-
bustor wall. It must be noted that the gas concentrations in
a CFB combustor depend on the radial position but since the
data available for validation is obtained from the annulus re-
gion; the model considers gas concentrations for annulus re-
gion only. The measurements are based on O, concentration
percentage in flue gas. To find the uncertainty in experimental
measurements, standard deviation is calculated and it serves as
a measure of uncertainty. For all measurements in the model
validation, 0.60 value of excess air is used which has an un-
certainty of 0.02%. The uncertainties of the other variables are
given in Figs. 7-10.

In the present study, it is assumed that the volatiles are re-
leased in solid-laden emulsion phase in the bottom zone. The
main consumption of oxygen in the bottom zone is due to
the combustion of these volatiles. The char particles resulting
from the devolatilization process consist of the remaining car-

bon fraction and ash only. These particles are then burned to
produce a mixture of CO and CO,. The combustion of coal
particles and oxidation reaction of CO is the other O, consump-
tion process in the combustor. In the bottom zone a significant
change in the oxygen mole ratio is found, while in the upper re-
gion there is a gradual decrease in the oxygen mole ratio. Mole
ratio of oxygen along the bed height is reasonably predicted by
the model as shown in Fig. 7.

During staged combustion, under the secondary air injection
because of not adequate oxygen presence due to the combus-
tion of volatiles in the emulsion phase at the bottom zone,
char combustion essentially leads to CO formation and carbon
monoxide concentration is very high (Fig. 8). Oxygen in the an-
nulus region increases while carbon monoxide emission sharply
decreases due to secondary air supply at the 0.4 m. bed height
above the distributor plate as shown in Figs. 7, 8. In addition to
increment of oxygen mole ratio, sharp decrement in CO emis-
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Fig. 9. Comparison of model SO, emissions with Topal [41]’s experimental data. (The uncertainty of m s is 0.22%, Vg is 0.08% and SO is 2 ppm.)

sions after the secondary air point is caused by the mechanism
factor, depending on the bed temperature and coal particle di-
ameter. However, discrepancies between the model results and
experimental data are observed in Fig. 8. Because of hydro-
dynamic behavior of CFB combustor, fast fluidization in the
bottom zone does not allow all carbon monoxide to be reduced
to CO». So it leads to a discrepancy between the model results
and experimental data.

As it is seen from the Fig. 9, SO, emissions along the com-
bustor height are reasonably predicted by the model. An in-
crease in SO, emissions is observed in the bottom zone due
to the assumption that the great amount of the volatile matters
is released at the feed point in the combustor. By getting bet-
ter coal combustion with the secondary air feed (at the 0.4 m
height above the distributor plate) it increases a certain amount
of the fixed sulphur in its structure between the heights of 0.4 m
and 0.6 m above the distributor plate. Above 0.6 m, adequate

presence of oxygen due to secondary air feed increases the sul-
phur retention with limestone and simulation results show good
agreement with experimental data as expected.

The increase of NO, emissions at the bottom zone which is
observed in Fig. 10 also indicates the release and combustion of
volatiles and the combustion of char and could be influencing
factors for the production of NO, emissions. Nonexistence of
a peak of NOy in the bottom zone is caused by the fact that the
experiments are carried out in a small-scale CFB and the values
are measured at high superficial velocities such as 6.5 ms~!,
Secondary air feed leads to a better coal combustion and in-
creases a certain amount of fixed nitrogen in coal between the
heights of 0.4 m and 0.6 m above the distributor plate. The re-
duction of NO, emissions is proportional to the presence of
char particles and CO concentration in the control volume. High
char particle concentration of annulus region leads to reduc-
ing NO, emissions to an acceptable level. Staged combustion
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Table 5
Model input variables

Comparison D H), Hypot Inlet Excess  Primary air/  Superficial Coal feed Mean coal Mean bed Ca/S  Mean sorbent
element (m) (m) (m) pressure  air secondary velocity rate particle size ~ temperature particle size
(atm.) air (ms~!) (kgh™1)  (um) ©0) (um)
0y 0.125 18 04 1.12 0.60 2/3 6.50 7.1 651 855 2.0 71
CcO 0.125 1.8 04 1.12 0.60 2/3 6.10 74 755.8 866 1.0 71
SO, 0.125 18 04 1.12 0.60 2/3 4.25 73 651 890 0.5 71
NO, 0.125 1.8 04 1.12 0.60 2/3 6.50 75 755.8 851 2.5 71
Table 6
Comparison of simulation results with 2 x 160 MW Can Power Plant test results [42]
Time Coal T (°C) Err. NO, (mgm™3) Err. SO, (mgm™3) Err.
(min) feed Model Data (%) Model Data (%) Model Data (%)
(tons h*l)
30 119.1 798.50 807.1 1.06 97.90 97.1 0.82 1290.55 1290.9 0.02
60 119 798.79 809.1 1.27 96.90 95.9 1.03 1274.08 1272.4 0.13
90 116.9 800.36 812.4 1.48 97.56 98.7 1.14 1183.50 1184.9 0.11
120 116.3 798.59 814.9 2.00 92.52 92.7 0.18 1235.86 1235.5 0.02
150 116 798.40 812.3 1.71 102.03 102.5 0.45 1185.11 1184.9 0.01
180 118.4 798.26 805.5 0.89 98.95 98.7 0.29 1205.80 1204 0.14
210 113.8 804.01 809.3 0.65 99.06 98.2 0.87 1240.32 1240.2 0.009

remains an attractive method for reducing NO, emissions in
various combustion systems. It is clearly seen from the Fig. 10
both experimental data and model simulation results have low
and acceptable levels of gaseous emissions.

Simulation results are also compared with the data obtained
from 2 x 160 MW Can Power Plant CFB combustors dur-
ing the commissioning period, each with a 7 m x 14 m square
cross-section and 37 m height [42]. The combustor has a square
cross-section, but the lower section has less cross-sectional area
than the upper section. The technical parameters of the CFB
combustor are steam capacity of 485 th™!, superheated steam
temperature and pressure of 543 °C and 17.5 MPa, respectively.
The secondary air ports are located at 5 m from the distributor.

The operating parameters of data used for the comparison of
CFB model is shown in Table 3. The design fuel for the bed is
low grade coal (Can Lignite) and the compositions of coal used
in test data are given in Table 4. Temperature, sulphur diox-
ide and NO, emissions response in flue gases simulation and
test results at the riser exit were compared at different coal feed
rates and the results are presented in Table 6. It is seen that the
simulation results are in good agreement with industrial-scale
CFB combustor data as well. Simulation results are in good
agreement with both industrial and small-scale CFB combus-
tors which is an indication that the model is flexible enough
to be used in different CFB applications and simulates under
a wide range of operating conditions.
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Fig. 11. Effect of excess air ratio on mean bed temperature and the overall CO, NO, and SO, emissions from the combustor.

5. Sensitivity analysis

Sensitivity analysis has been performed to show how dif-
ferent model input values and assumptions affect the modeling
results. In the present study, model input values of coal particle
diameters, excess air ratios and bed operational velocities have
been considered for sensitivity analysis. The modeling results
under consideration in this study are mean bed temperature and
emissions of CO, NO, and SO».

Fig. 11 shows the effects of excess air and coal particle di-
ameter on mean bed temperature and emissions of CO, NO,
and SO, in modeling results. Fig. 11 plots the predicted model

results for three particle diameters (540, 600 and 750 um) and
for five excess air ratios (of about 20, 40, 60, 80 and 100%). For
this assumption inlet bed pressure is 1.2 atm and coal feed rate
is 6.48 kgh~!.

As the excess air value increases, the mean bed tempera-
ture decreases due to higher heat losses with increasing flue
gas flow rates to the ambient. This causes the reaction rate of
char combustion to decrease, which leads to higher CO emis-
sion. Decreasing bed temperature generates a decrease of the
CO oxidation rate constant. As it is seen from the Fig. 11(a),
CO emissions increase when excess air increases. This phenom-
enon is also observed in the studies of Ducarne et al. [63].
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Fig. 12. Effect of operational bed velocity on mean bed temperature and the overall CO, NOx and SO, emissions from the combustor.

Increasing excess air results in lower levels of NO, forma-
tion which is generated due to combustion efficiency decrease
caused by lower bed temperature. Decreasing combustion ef-
ficiency also causes higher carbon content in the combustor.
Thus the reduction rate of NO, increases (Fig. 11(b)). The
SO, generation rate from the char depends on its combustion
rate, which depends on the temperature, excess air, O con-
centration, etc. [64]. Although the amount of oxygen increases
with increasing excess air, decreasing bed temperature causes a
negative effect on coal combustion efficiency and limits the lib-
eration of the fixed sulfur as SO,. Fig. 11(b) shows the decrease
of SO, emissions with increasing excess air. Another explana-

tion of decreasing SO, and NO, emissions is the gas dilution
caused by increasing excess air.

Fig. 12 shows the effects of bed operational velocity and coal
particle diameter on mean bed temperature and emissions of
CO, NO, and SO; in modeling results. Fig. 12 plots the pre-
dicted model results for three particle diameters (540, 651 and
852 um) and for six bed operational velocity values (of about
4.15,4.50,5.00, 5.50, 6.00 and 6.50 m s_l). For this assumption
inlet bed pressure is 1.6 atm and coal feed rate is 7.20 kgh™!.

The bed operational velocity in the combustor is one of the
basic design variables of the process. The reason is that with
the increase of bed operating velocity the hydrodynamic con-
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dition of the combustor changes. As the operational velocity
increases particle residence time in the combustor, char com-
bustion rate and bed temperature decreases which results higher
CO emission values in flue gases (Fig. 12(a)). Suspension den-
sity in the bed decreases with increasing superficial velocity.
So, the contact time of NO, with char particle is reduced, thus
reducing the rate of reduction of NO,. Therefore NO, emis-
sions increase with the superficial velocity of the combustor.
However, it is observed that operational bed velocity has pos-
itive effect on SO, emission. Particle residence time decreases
with decreasing coal particle size and causes lower SO, emis-
sion formation. This effect is reversed after the value of S ms™!
(Fig. 12(b)).

As the coal particle size increases, char combustion rate and
in consequence bed temperature decreases and this situation
causes higher CO concentration in the flue gases (Figs. 11(a)
and 12(a)). A smaller mean size of char in the combustor will
result in a lower emission of NO, if other parameters are keep
unchanged [35], as clearly seen in Figs. 11(b) and 12(b). How-
ever, it is observed that the effect of coal particle size in SO»
emission is lower than that of NO, emission. Char combustion
rate decreases as the particle diameter increases, and this situa-
tion causes lower SO, formation in the combustor if Ca/S ratio
and limestone particle size are keep unchanged (Fig. 11(a)). As
the superficial velocity is concerned it is observed that this ten-
dency is reversed after the value of 5 ms~!. At higher velocities
as the residence time of limestone particles is decreased, the
sulfur retention decreases in the combustor.

6. Conclusion

In this study, a dynamic 2D model for a CFB combustor has
been developed which integrates and simultaneously predicts
the hydrodynamics, heat transfer and combustion aspects. The
model has been validated against the data from a pilot-scale
50 kW CFB combustor and an industrial-scale 160 MW CFB
combustor which uses different types of coal. The model is
applicable to wide size range of circulating fluidized bed com-
bustors. Through this model, effects of different operational
conditions such as excess air, bed operational velocity and par-
ticle diameter on bed temperature and the overall CO, NO, and
SO, emissions from the combustor are investigated. The effects
of excess air and coal particle diameter on mean bed tempera-
ture and emissions of CO, NO, and SO, in modeling results
have been investigated for three particle diameters (540, 600
and 750 um) and for five excess air ratios (of about 20, 40, 60,
80 and 100%). For this assumption inlet bed pressure is 1.2 atm
and coal feed rate is 6.48 kgh™!. The effects of bed operational
velocity and coal particle diameter on mean bed temperature
and emissions of CO, NO, and SO; in modeling results have
been investigated for three particle diameters (540, 651 and
852 um) and for six bed operational velocity values (of about
4.15,4.50, 5.00, 5.50, 6.00 and 6.50 m s~ ! ). For this assumption
inlet bed pressure is 1.6 atm and coal feed rate is 7.20 kgh~!.
It is clearly observed that the decreasing bed temperature with
excess air and bed operational velocity has a major effect on
combustion behavior in small-scale CFB combustors. Bed op-

erational velocity has a more significant effect on CO emission
than to bed temperature. Increasing excess air decreases SO»
and NO, emissions. However, NO, emission increases with the
operational bed velocity while SO, emission decreases.
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